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(57) Abrégé/Abstract:
A process for producing at least one product from at least one gaseous reactant includes feeding the gaseous reactant, as a
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holding an expanded slurry bed (70) of solid catalyst particles suspended in a suspension liquid so that the gaseous reactant can
bubble upwardly through the slurry bed (70). The slurry bed (70) has a catalyst loading of at least 20% by volume of degassed
slurry. The gaseous reactant is allowed to react catalytically at a pressure above atmospheric pressure as the gaseous reactant

bubbles upwardly through the slurry bed (70) to produce at least one product. The product and any unreacted gaseous reactant
are withdrawn from the vessel (12).
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(57) Abstract: A process for producing at least one product from at least one

gaseous reactant includes feeding the gaseous reactant, as a gaseous feed (59) or as
part of a gaseous feed (59) which is at an inlet superficial gas velocity of at least 0.5
m/s, into a vessel (12) holding an expanded slurry bed (70) of solid catalyst particles
suspended in a suspension liquid so that the gaseous reactant can bubble upwardly
through the slurry bed (70). The slurry bed (70) has a catalyst loading of at least
20% by volume of degassed slurry. The gaseous reactant is allowed to react catalyt-
ically at a pressure above atmospheric pressure as the gaseous reactant bubbles up-
wardly through the slurry bed (70) to produce at least one product. The product and
any unreacted gaseous reactant are withdrawn from the vessel (12).
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PROCESS FOR PRODUCING AT LEAST ONE PRODUCT FROM AT LEAST ONE
GASEOUS REACTANT IN A SLURRY BED

THIS INVENTION relates to a process for producing at least one product

from at least one gaseous reactant in a slurry bed.

It is generally desirable to be able to increase the productivity per volume
of slurry reactors so that a smaller total reactor volume is required in order to achieve
the desired production capacity of the plant. It is further desirable to increase the overall
production rate of products in one single reactor (i.e. the so called single reactor
capacity) so that a smaller number of reactors will be required in order to achieve the

desired production capacity of the plant.

Consider for example the well-known Fischer-Tropsch synthesis as
operated in a slurry bubble column reactor. Regardless of whether such a reactor
operates in a once-through mode or under recycle, the production rate of a single

reactor can be approximated as follows:
° P ngas
SRC = V(%j(%" o) A

where SRC is the single reactor capacity, V is the total volumetric gas flow rate into the

reactor (i.e. fresh feed plus recycle), P

syngas

is the partial pressure of synthesis gas (the

reagents of the synthesis) in the total feed, T is the absolute temperature in Kelvin, R is

the gas constant and y,,, ., is the per pass conversion of synthesis gas expressed as

a mol fraction. The above equation can be further expanded as follows:

72’- ‘ I)S\/n as
SRC = u,g(?ﬁ j{R—;J(Z’? ), .2
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where u, is the inlet superficial gas velocity and 4 is the internal diameter of the

reactor. Considering Equation 2, it is clear that the following options are available to the

design engineer in order to increase the single reactor capacity of a slurry bubble

column:

Increase the per pass synthesis gas conversion. However, in the Fischer-Tropsch

synthesis, water (one of the products of the hydrocarbon synthesis process) causes
deactivation of the catalyst. Conseqguently, a maximum per pass conversion is
normally specified that should not be exceeded in the design of a Fischer-Tropsch
slurry bubble column reactor in order to limit the water partial pressure and thereby
protect the performance and lifetime of the catalyst. The exact value of the per pass
conversion is catalyst dependent.

Increase the synthesis gas partial pressure in the total feed: However, there is

limited scope for the design engineer to increase the concentration of synthesis gas
in the total feed, as this is often determined by the configuration of an overall gas
loop of which the slurry bubble column forms part. Furthermore, increasing the
reactor operating pressure is an obvious way to increase the synthesis gas partial
pressure in the feed, but this has significant cost implications both for the reactor
and other plant equipment which may prove to be prohibitive. Higher pressures also
lead to higher water partial pressures at the same per pass conversion, which may
be detrimental to the catalyst.

Increase the reactor diameter: However, this will add substantially to the

construction cost of the reactor. Furthermore, large scale slurry bubble column
reactors are already manufactured with sizes close to the practical limit in terms of
factory construction, transportation from factory to plant site, and erection.

Increase the inlet superficial gas velocity: However, as will subsequently be

discussed, there are clear teachings in the prior art away from operating slurry

bubble column reactors at high inlet superficial gas velocities.

The skilled person looking to increase the single reactor capacity of a

slurry bubble column reactor is therefore left with limited possibilities, the most viable on

the face of it being improving the resistance of the catalyst to water to allow for higher
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per pass conversions, or completely changing the gas loop configuration and pressure
in order to increase the reactant partial pressure in the reactor feed.

EP 450860 to Exxon states that optimal performance of a slurry bubble
column reactor is attained when the gas velocity is just high enough to ensure complete
fluidisation of the catalyst particles. Increasing the gas velocity beyond this point will
cause an undesired increase in the extent of back mixing, leading to a loss of plug flow
characteristics in the reactor and resulting in lower reaction rates. |t teaches that the
optimum gas velocity in terms of overall reactor productivity is below 0.25 m/s. The
patent further teaches that a high reaction rate per volume of reactor is undesirable, as

the catalyst can easily become starved of reactants due to mass transfer limitations.

US 6914082 to Conoco provides “a gas-agitated multiphase reactor
system that is effective for enabling maximum reactor productivity and/or minimising
reactor volume”. In other words, a method is provided for maximising the productivity
per unit volume of reactor. In this regard, it is shown that the reactor volumetric space-
time yield improves with increasing gas velocity up until a peak value between 0.3 and
0.4 m/s, after which the reactor volumetric space-time yield declines with further
increases in gas velocity. It is stated that the initial increase in reactor volumetric
productivity is due to improvements in mass transfer, while the decline in productivity is
due to an increase in gas hold-up with increasing gas velocity, yielding an optimum gas

velocity where reactor productivity is at a maximum.

US Patent Application No 2003/0109590A1 by ENI and IFP teaches that
the superficial gas velocity of a slurry bubble column reactor should preferably be less
than 0.35 m/s, more preferably less than 0.30 m/s, to encourage gas transfer into the
liquid phase. In other words, this application anticipates the occurrence of detrimental

mass transfer limitations at gas velocities higher than about 0.35 m/s.

WO02005/107935 to Sasol Technology (Pty) Ltd discloses that, for a
hydrocarbon synthesis process, a CO plus Hz per pass conversion in excess of 60% is
achievable when operating at inlet superficial gas velocities above 0.35 m/s in slurry
reactors in which the expanded slurry bed has a length to diameter aspect ratio of less
than 5. It was surprisingly found that the gas retains its plug flow behaviour at high gas
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velocities, even in reactors with a small aspect ratio of less than 5. In the specific
example presented in WO2005/107935, it was estimated that a per pass CO plus H;
conversion of 61% is achievable when operating with a 22 volume % average catalyst
concentration, an expanded slurry bed with an aspect ratio of approximately 4, a
pressure of 24.7 bar and an inlet superficial gas velocity of 0.41 m/s.

There is thus a clear bias in the patent literature against operating
commercial slurry bubble column reactors at high inlet superficial gas velocities,
especially when the aim is to improve productivity per volume of reactor. Most prior art
documents teach an optimum inlet superficial gas velocity of around 0.3 to 0.4 m/s,
while others teach operation at even lower inlet superficial gas velocities. Moreover,
none of the prior art documents addresses the issue of increasing the single reactor

production capacities of slurry bubble column reactors.

Three phase slurry bubble columns typically feature a catalyst suspended
in a suspension liquid, with the catalyst catalysing the reaction of one or more gaseous
reactants fed to the reactor. The gas phase reactant(s) must be transferred from the
gas phase into the liquid phase where it contacts the catalyst and are converted to one
or more products. On the one hand, provided the rate of gas-liquid mass transfer is
sufficiently high, the overall reaction rate can be increased by increasing the amount or
the activity of the catalyst. In such a case, the reaction system is said to be under
kinetic control. On the other hand, if the gas-liquid mass transfer rate is too low, an
increase in the catalyst amount or activity will not significantly increase the production
rate and then the system is said to be under mass transfer control. In fact, since an
increase in the catalyst concentration will reduce the rate of gas-liquid mass transfer,
the overall impact on the reaction rate of increasing the catalyst load may even be
negative. Often commercial slurry bubble column reactors operate in a regime where
both kinetic and mass transfer considerations are important. Therefore, the productivity

per volume of reactor is (amongst others) dependent on:

(i) The reaction potential of the catalyst per reactor volume. This is a function of
the amount of catalyst loaded per reactor volume and the intrinsic activity of
the catalyst; and

(i) gas-liquid mass transfer of the gaseous reagent(s) to the suspension liquid.
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Each of these is considered in more detail below.

The total amount of catalyst loaded per reactor volume is influenced by
both the gas hold-up in the reactor (a higher gas hold-up leaves less available space for
the catalyst-containing slurry) and the amount of catalyst loaded per volume of
degassed liquid. The prior art is sparse with respect to gas hold-up data at the
combination of high gas velocity, high solids loading and high pressure. It does
however allow for certain high level trends to be discerned. It is widely reported in the
prior art that gas hold-up increases with increasing gas velocity (see e.g. Krishna et al.,
Topics in Catalysis, Vol. 26, Nos. 1-4, p.21 (2003) and Vandu et al., Chem. Eng.
Technol. Vol. 28, No. 9, p.998 (2005)). It is also known that this increased hold-up can
be counteracted to some extent by increased solids loading. Krishna et al. (2003) has
shown that solids promote the coalescence of small bubbles to form larger bubbles.
The rise velocity of larger bubbles is higher than that of smaller bubbles, resulting in a
reduced gas residence time and gas hold-up. This coalescence mechanism will
however have a limit beyond which further solids addition will not be as effective to
reduce gas hold-up, as the population of small bubbles will already be small. In line
with this expectation, Vandu et al. (2005) found that for gas velocities above 0.4 m/s,
the gas hold-up cannot be reduced further by increasing the solids volume fraction in
the degassed slurry beyond a value of 0.2. The expectation in the prior art is therefore
that the gas hold-up will be especially high at conditions of high gas velocity, in spite of

a high solids concentration in the slurry.

In line with the prior art references above, Luo et al. (Luo et al., AIChE
Journal, Vol. 45, No. 4, p. 665 (1999)) found that gas hold-up increases with gas
velocity and decreases with solids loading. Luo et al. (1999) further found that gas hold-
up also increases with pressure. In addition, Luo et al. (1999) also found that, while the
decreasing effect of solids load on gas hold-up is substantial at low pressures (around
ambient), at higher pressures the gas hold-up was decreased to a much smaller extent
due to increased solids loading. Moreover, Luo et al. (1999) found that the increase in
gas hold-up as a result of increasing pressure was especially severe at high solids

concentrations.
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In agreement with the foregoing, Behkish et al. (Behkish et al., Chem.
Eng. Journal, Vol. 115, p. 157 (2006)) reported that the gas hold-up increases with
increasing gas velocity, increasing pressure and decreasing solids loading.

The expectation of a skilled person is consequently that operating a slurry
bubble column at the combination of high gas velocity and high pressure when high
reactor productivity per volume is being aimed for is not desirable as a result of the
expected excessive gas hold-up with associated limitations on catalyst loading per
reactor volume, caused by the high gas velocity and high pressure, and the knowledge
that a high solids loading will not make an appreciable difference to the undesirably high
gas hold-up. The skilled person would thus not expect to operate a slurry bubble column

at the combination of high gas velocity, high solids loading and high pressure.

Considering gas-liquid mass transfer, one again finds prejudicial teachings
in the prior art against operating at the combination of high gas velocity and high solids
loading. Vandu et al. (2005) found that mass transfer generally improves with gas
velocity for all solid loadings at velocities below 0.4 — 0.5 m/s. However, at velocities
above 0.5 m/s and solids loading above 20 volume% of degassed slurry, mass transfer
flattens off or even deteriorates. Lemoine et al. (Lemoine et al., Fuel Processing
Technology, Vol. 89, p. 322 (2008)) in agreement with Krishna et al. (2003) found that
an increase in solids loading promotes the coalescence of small bubbles. Lemoine et
al. (2008) further found that this coalescence of small bubbles lowered the overall mass
transfer rate and even states that the dramatic decrease in the volumetric mass transfer
coefficient suggests that slurry bubble column reactors could operate in a mass transfer
controlled regime rather than a kinetically controlled regime. Interestingly, although
smaller bubbles thus advantageously improve the overall mass transfer coefficient, the

smaller bubbles detrimentally increase the gas hold up.

The prior art therefore discourages operation of slurry bubble column
reactors at high inlet superficial gas velocities above about 0.4 m/s, due to the following
expected detrimental effects: (i) increased back mixing that limits the conversion
achievable in the reactor; (ii) increased gas holdup, lowering the available space for
catalyst-containing slurry; and (iii) insufficient mass transfer rates to sustain high

reaction rates.
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According to the invention, there is provided a process for producing at

least one product from at least one gaseous reactant, the process including

feeding said at least one gaseous reactant, as a gaseous feed or as part of a
gaseous feed which is at an inlet superficial gas velocity of at least 0.5 m/s, into a
vessel holding an expanded slurry bed of solid catalyst particles suspended in a
suspension liquid so that the gaseous reactant can bubble upwardly through the slurry
bed, the slurry bed having a catalyst loading of at least 20% by volume of degassed
slurry;

allowing said at least one gaseous reactant to react catalytically at a pressure
above atmospheric pressure as the gaseous reactant bubbles upwardly through the
slurry bed to produce said at least one product; and

withdrawing said at least one product and any unreacted gaseous reactant from

the vessel.

In this specification, the term “inlet superficial gas velocity” is meant to
imply the total gas inlet volumetric flow rate of the gaseous feed made up by, or which
includes said at least one gaseous reactant at the slurry bed temperature and pressure
where the gaseous feed enters the vessel, typically at a low level in the bottom of the
slurry bed, divided by the cross-sectional area of the vessel, excluding any cross-
sectional area that may be occupied by vessel internals, e.g. a gas distributor or cooling
coils. In the event that multiple gaseous feeds are employed, the term “total gas inlet
volumetric flow rate” is meant to imply the sum of all gas streams entering the reactor,
i.e. the sum of all fresh gaseous feed streams and any gaseous recycle streams that

may be present.

The product may include one or more gaseous products. The process
may thus include allowing gaseous product and unreacted gaseous reactant to
disengage from the slurry bed as gaseous components into a head space above the
slurry bed. Withdrawing said at least one product and any gaseous reactant typically

then includes withdrawing gaseous components from the head space.

The product may include one or more liquid products. The suspension
liguid of the slurry bed may be fully or partially comprised of the liquid product.
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Withdrawing said at least one product and any unreacted gaseous reactant typically
then includes withdrawing liquid phase from the slurry bed, thereby to maintain the
expanded slurry bed at a desired level.

The process may include feeding more than one gaseous reactant into the
slurry bed. In one embodiment of the invention, the gaseous feed includes at least CO
and H as gaseous reactants and the gaseous feed is thus fed into the slurry bed to
produce liquid and gaseous hydrocarbons, with the catalyst being a hydrocarbon
synthesis catalyst. Oxygenates may possibly also be produced from the gaseous
reactants being fed into the slurry bed. The process may thus be a hydrocarbon
synthesis process converting a synthesis gas feed to liquid and gaseous products with
the liquid product and gaseous product including products typical of Fischer-Tropsch
synthesis such as Cs+ hydrocarbons and oxygenates, e.g. ethanol. In one embodiment
of the invention, the process is thus a Fischer-Tropsch hydrocarbon synthesis process

converting synthesis gas into hydrocarbons.

When the process is a hydrocarbon synthesis process, e.g. a Fischer-
Tropsch hydrocarbon synthesis process, the volumetric productivity of the process (the
space-time yield of the process) may be above 1 500 kg total hydrocarbons / (m® gas
expanded slurry bed - day).

The process may include limiting the per pass conversion of said at least
one gaseous reactant. When the catalyst is a hydrocarbon synthesis catalyst and the
gaseous feed includes CO and Hy, e.g. when the gaseous feed is synthesis gas, the per
pass conversion of CO + Hp may be limited to a value between about 35 and 85 mol%.
The reason for this limit is that a high water concentration (water is a product of the
hydrocarbon synthesis) is detrimental to the catalyst. The exact value of this conversion
limit is determined by the characteristics of the catalyst and its tolerance for water, but
normally a hydrocarbon synthesis process will operate at the highest per pass
conversion where the catalyst has an acceptable activity, selectivity and lifetime. Cobalt
catalysts are known for a high resistance to water partial pressure and will typically
operate towards the upper boundary of said range, whereas iron catalysts are less
tolerant to water and will typically operate towards the lower boundary of said range.
With reference to Equation 2 and accompanying discussion, this per pass conversion
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limit plays a vital role in determining the single reactor capacity, irrespective of the
activity of the catalyst. Therefore, a low activity catalyst with a high water tolerance may
not be able to sustain a high production rate per reactor volume, but will in principle
allow for a high single reactor capacity by increasing the reactor height; consequently a
small number of tall reactors will be required in order to achieve the desired total
production capacity of the plant. On the other hand, a highly active catalyst with a low
water tolerance may sustain a very high production rate per reactor volume, but will not
allow for a high single reactor capacity, since increasing the reactor height will lead to
excessive conversions that will destroy the catalyst. Consequently, a large number of
short reactors will be required in order to achieve the desired overall production capacity

of the plant, which is also not a desirable situation.

Despite these limitations, it has now surprisingly been found that the
present invention enables a high single reactor capacity or a high production rate per
volume of reactor, or both. A high single reactor capacity is attained by operating at an
inlet superficial gas velocity of at least 0.5 m/s which was previously believed to be
impossible due to excessive gas hold up and inadequate mass transfer rates. A high
reaction rate per reactor volume can, amongst others, be achieved by increasing the
catalyst concentration in the slurry, which was also previously thought to be ineffective
due to a decrease in the mass transfer coefficient with catalyst loading causing the
slurry reactor to become mass transfer limited. In a preferred embodiment when a
cobalt catalyst is used, the process will preferably be operated at a synthesis gas per
pass conversion of at least 40 mol%, more preferably at least 50 mol%, and most

preferably at least 60 mol%.

The process may include feeding a recycle gas stream which includes
unreacted gaseous reactant(s) from the head space to the slurry bed. Often, the recycle
stream is combined with a fresh synthesis gas feed stream to form one total feed
stream, i.e. said gaseous feed, to the reactor. As will be appreciated, the gaseous
reactant(s) and any recycled gas and any gaseous product assist in maintaining the

solid catalyst particles in suspension in the suspension liquid.

The catalyst loading may be at least 30% by volume of degassed slurry,
preferably at least 35% by volume of degassed slurry, more preferably at least 40% by
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volume of degassed slurry, e.g9. 41% by volume of degassed slurry. Typically however,
the catalyst loading will be less than 55 % by volume of degassed slurry.

The slurry bed may be at a pressure of at least 10 bar, preferably at least
20 bar, more preferably at least 25 bar. The slurry bed may be at a pressure of up to
about 60 bar.

The inlet superficial gas velocity may be at least 0.6 m/s, or it may be at
least 0.7 m/s, or it may be at least 0.85 m/s. The inlet superficial gas velocity may be
less than 1 m/s. Typically, the inlet superficial gas velocity is less than 1.5 m/s, or even
higher at less than 2 m/s; the inlet superficial gas velocity is typically not expected to be

above 2.5 m/s.

The expanded slurry bed may have a height of less than about 40 m,
preferably between about 30 m and about 40 m, e.g. about 38 m. Typically, the slurry
bed has a diameter of at least 6 m. Thus, in one embodiment of the invention, the
expanded slurry bed has a height of less than 40m and a diameter of at least 6m. When
the process is a hydrocarbon synthesis process, the single reactor capacity is preferably
at least 3 200 tons total hydrocarbons per day.

Typically, when the process is a hydrocarbon synthesis process, the
process is a single stage process, i.e. the process comprises operating at least one
multi-pass hydrocarbon synthesis stage with the multi-pass hydrocarbon synthesis
stage not being followed or preceded by another hydrocarbon synthesis stage, although
naturally the process may include a plurality of the multi-pass hydrocarbon synthesis
stages in parallel. Thus, taking into account the limited per pass conversion of
reactant(s), the recycle gas stream is typically present when the process is a
hydrocarbon synthesis process and is typically being fed into the slurry bed at a

volumetric ratio of recycle gas stream/gaseous feed of at least 0.4.

When the process is a hydrocarbon synthesis process, the catalyst may
be a Fischer-Tropsch catalyst containing cobalt or iron. Cobalt-based catalysts are
usually supported catalysts. Suitable supports include refractory inorganic oxides such

as alumina, silica, titania, zirconia, and others known to those skilled in the art.
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Catalysts prepared on modified supports, such as those disclosed in US 6262132, US
6638889 and US 6117814, are especially suitable for use in slurry bubble column
reactors operated in accordance with the process of the invention. The catalyst
particles may have a desired particle size range, e.g. no catalyst particles greater than
300 microns and less than 5% by mass of the catalyst particles being smaller than 22

microns.

Typically, when the process is a hydrocarbon synthesis process, the
Ho/CO molar ratio in the gaseous feed is an important parameter that can vary from
about 0.5 to 2.5. It is known that a higher H/CO ratio generally may have the benefit of
an improved catalyst lifetime, whereas a lower Hy/CO ratio may yield better product
selectivities. Therefore, the Ho/CO ratio of the gaseous feed is selected on the basis of
an optimisation exercise of the process, and depends on aspects such as the catalyst
characteristics, the desired product selectivities, etc. In preferred embodiments, the
hydrocarbon synthesis process is operated with an H,/CO molar ratio of not more than
2. In other words, there is an excess CO above the stoichiometric requirements for
hydrocarbon synthesis.

It is to be appreciated that the gaseous feed typically includes inert and
diluent gases, such as N, particularly when the gaseous feed is synthesis gas. Another
gas typically present in the gaseous feed is CO,, which can be considered for all
practical purposes to be an inert gas. As is known to those skilled in the ar, although
these inert or diluent gases are undesirable, they are sometimes inevitably present
because it would be uneconomical to attempt to avoid or remove these gases. In other
cases, such as when the synthesis gas is derived from coal via gasification, there is
such a substantial quantity of CO; in the feed that it is often desirable to remove the

CO; partially or completely from the fresh feed.

The process may include cooling the gaseous components from the head
space to condense liquid product, e.g. liquid hydrocarbons and reaction water,
separating the liquid product from the gases to provide a tail gas, and recycling at least
some of the tail gas to the slurry bed as the recycle gas stream.



CA 02838462 2013-12-05
WO 2012/168829 PCT/IB2012/052692

12

The slurry vessel may thus be maintained at normal elevated pressure
and temperature conditions associated with Fischer-Tropsch synthesis reactions, e.9. a
predetermined or selected operating pressure in the range 10 to 50 bar, and a
predetermined or selected temperature in the range 160°C to 280°C, or even higher for
the production of lower boiling point product.  Typically, for Fischer-Tropsch
hydrocarbon synthesis, the temperature range is 200°C to 260°C.

The catalyst particles in the slurry bed are thus maintained in suspension
by the turbulence created by the gaseous feed (e.g. fresh synthesis gas and optional
recycled gas) passing through the slurry bed, i.e. bubbling through the slurry bed. The
inlet superficial gas velocity of at least 0.5 m/s through the slurry bed is thus sufficiently

high to maintain the slurry bed in a state of turbulence or suspension.

The process may include recycling the liquid phase through the slurry bed.
In particular, the process may include allowing slurry to pass downwardly from a high
level in the slurry bed to a lower level thereof, using slurry redistribution means or slurry
redistributors, thereby to redistribute heat, liquid phase and catalyst particles within the
slurry bed.

In this specification, the term "slurry redistribution means" or “slurry
redistributors” is intended to refer to physical apparatus used to redistribute slurry and
catalyst particles vertically inside the reactor vessel, and does not refer to the slurry and
catalyst particle redistribution action of the gas passing upwards through the slurry bed.
The slurry redistribution means may thus include downcomers or draught tubes or

mechanical redistribution apparatus such as pipes and pumps and filters.

When the slurry redistribution means includes downcomers, the
downcomers may be arranged in a first downcomer region and a second downcomer
region, with the second downcomer region being vertically spaced with respect to the

first downcomer region.

The downcomers or draught tubes may thus be located at different levels
or vertical elevations within the slurry bed. The second downcomer region may be
located at a higher level than the first downcomer region, and, if desired, further
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downcomer regions, each containing at least one downcomer or draught tube may be
provided above the second downcomer region, with a third and any subsequent
downcomer regions also being spaced vertically from one another.

In one embodiment of the invention, the second downcomer region may
overlap the first downcomer region. In other words, the lower end(s) of the
downcomer(s) in the second downcomer region may overlap the upper end(s) of the
downcomer(s) in the first downcomer region. In another embodiment of the invention,
however, the second downcomer region may be located in non-overlapping relationship
with respect to the first downcomer region. In other words, the lower end(s) of the
downcomer(s) in the second downcomer region may be spaced with vertical clearance

from the upper end(s) of the downcomer(s) in the first downcomer region.

The downcomer(s) in the second downcomer region may be staggered
with respect to that (those) in the first downcomer region, when the reactor or vessel is
seen in plan view. In other words, the lower end(s) of the downcomer(s) in the second
downcomer region preferably does(do) not discharge slurry directly above the upper
end(s) of the downcomer(s) in the first downcomer region.

Each downcomer may comprise a lower transport section and an upper
disengagement or degassing section of greater cross-sectional area than the transport
section. The sections are preferably circular in cross-section, is of cylindrical form, with
an outwardly upwardly flaring connecting component connecting the disengagement
section to the transport section. However, the disengagement section can, if desired,
be in another suitable form, e.g. in the form of a rectangular or triangular section

channel, as determined by the space available inside the reactor vessel.

While each downcomer will normally be located entirely within the slurry
bed i.e. inside the reactor vessel, with the degassing section typically aligned axially
with the transport section, the transport section and, optionally, part of the degassing
section can, instead, be located outside the reactor vessel, with the lower outlet end of
the transport section and at least the upper inlet end of the degassing section then,
however, being located inside the reactor vessel in the slurry bed or the slurry bed zone.
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If desired, the transport and degassing sections may be cooled by indirect cooling
means, for example, pipes through which boiler feed water is passed.

The process may include operating the hydrocarbon synthesis stage such
that the slurry bed is in a heterogeneous or churn-turbulent flow regime and comprises
a dilute phase consisting of fast-rising large voids of gaseous reactants, and possibly
gaseous product, which traverse the expanded slurry bed virtually in a plug flow
manner, and a dense phase comprising liquid phase, i.e. liquid product, solid catalyst
particles, and entrained smaller voids of gaseous reactants and, possibly, gaseous

product.

The gaseous feed may be any synthesis gas derived from any source,

such as coal-derived synthesis gas or natural gas derived synthesis gas.

The ratio of recycle gas stream/gaseous feed may be in a range with a
lower limit of 0.4 as hereinbefore indicated, with an upper limit of the range being about
1.5. The lower limit may however be higher at about 0.5, or even higher at about 0.6.
The upper limit may be lower at about 1.3, or even as low as about 1.

The invention will now be described and illustrated in more detail with
reference to the experiments set out below and the accompanying diagrammatic

drawings.

In the drawings,

Figure 1 shows a graph of gas hold-up as a function of gas velocity and pressure
for 20% solids loading;

Figure 2 shows a graph of gas hold-up as a function of gas velocity and pressure
for 30% solids loading;

Figure 3 shows a graph of gas hold-up as a function of gas velocity and pressure
for 40% solids loading;

Figure 4 shows a graph of the volumetric mass transfer coefficient as a function
of gas velocity for various solids loadings;



CA 02838462 2013-12-05
WO 2012/168829 PCT/IB2012/052692

15

Figure 5 shows a graph of the volumetric mass transfer coefficient as a function
of superficial gas velocity with no solids contained in the liquid phase, at ambient
temperature and pressure;

Figure 6 shows a graph of the volumetric mass transfer coefficient as a function
of superficial gas velocity according to Vandu et al. (2005) and according to the
applicant, for 20 weight % solids, and according to Han (Han, Hydrodynamics, Back-
mixing, and Mass Transfer in a Slurry Bubble Column Reactor for Fischer-Tropsch
Alternative Fuels, Ph.D. thesis, Washington University, 2007) for 25 weight % solids, at
ambient temperature and pressure;

Figure 7 shows a graph of the influence of the selected reactor model
assumptions on the values calculated for the volumetric mass transfer coefficient., with
data from Vandu et al., (2005) calculated with the continuous stirred tank reactor
(CSTR) model (ce=Cain) and data from the applicant calculated using both the axial
dispersion (ADM) model (cG=cG(t)) as well as the CSTR model (ce=Can);

Figure 8 shows a graph of the results of a demonstration test run; and

Figure 9 shows a longitudinal sectional view of an installation which can be used
in a process in accordance with the invention for producing at least one product from at
least one gaseous reactant in a slurry bed.

Experiment 1
Gas hold-up measurements

Gas hold-up measurements were performed in a cold model experimental
set-up comprising a high pressure slurry bubble column with an inner diameter of 15 cm
and a total height of 412 cm. Ten sight glasses were positioned along the reactor
height to enable visual inspection of the flow inside the column. Compressed air
entered the column from the bottom via a plenum chamber and through a distribution
plate having 84 holes of 0.6 cm diameter each. A backpressure regulator was fitted on
a gas outlet of the column in order to control the pressure at the desired value.
Measurements were performed at the prevailing ambient temperature, which was about
15°C. The overall gas hold-up was determined from the extent of bed expansion when
air was bubbled through the bed, i.e. it was calculated as the difference between the
bed height under flow conditions and the height of the static bed before introduction of

air.
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The density of air at the prevalent conditions of the cold model
measurements (temperature of 15°C, pressure ranging from 1 to 11 bar) is compared to
that of synthesis gas under typical Fischer-Tropsch synthesis conditions (temperature
from 200°C to 230°C, pressure from 20 to 40 bar) in Table 1. The range of gas
densities applicable to the cold model studies covers the gas density of the Fischer-
Tropsch synthesis over a broad range of operating conditions, ensuring equivalence
between the current measurements and the gas hold-up that would be encountered in

commercially representative Fischer-Tropsch slurry bubble column reactors.

Table 1: Gas densities in kg m™ of synthesis gas and air

Synthesis | Typical Typical A

gas synthesis gas® | synthesis gas?® Air P _
Pressure | density at | density at (bar) dezsﬁy A
(bar) 200°C 230°C 15°C

20 6.6 6.2 1 1.2

25 8.2 7.7 2 2.4

30 9.9 9.3 5 6.1

35 11.5 10.8 8 9.8

40 13.1 12.3 11 13.4

@ Assumed synthesis gas composition: 60% H,, 30% CO, 6% CO, and 4% CH,
®Assumed air composition: 79% Nz, 21% Oa

The liquid employed during the experiments was a mixture of C12 and Ci3
paraffins which, at room temperature, reasonably approximates the physical properties
of the liquid phase in a Fischer-Tropsch slurry reactor at operating conditions of 200°C
to 230°C. The solid phase was alumina particles in the size range of 50 to 150 um
having a skeletal density of 3420 kg/m® and a particle density of 1721 kg/m®, which is a
typical support for slurry phase Fischer-Tropsch catalysts.

Slurry bubble column reactors, like those used in the Fischer-Tropsch
synthesis, typically operate in the churn turbulent flow regime. With increasing gas
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hold-up, there comes a point where the gas rather than the slurry becomes the
continuous phase, resulting in a regime transition from a slurry bubble column reactor to
a gas fluidised reactor suspending or transporting slurry droplets. Steynberg et al.
(Steynberg et al., Studies in Surface Science and Catalysis Vol. 152, Chapter 2 (2004))
reported that the gas hold-up at the onset of this phase inversion is around 0.65 to 0.7.
It is further reported that at a gas hold-up of around 0.8 to 0.9, the reactor transforms

into a transported bed where the liquid is blown out of the reactor.

The gas hold-up measurements performed in support of the current
invention covered a wide range of gas velocities (up to 1 m/s), pressures (1 to 11 bar
air, equivalent to more than 40 bar synthesis gas pressure in the case of Fischer-
Tropsch synthesis) and slurry solids concentrations (20 to 40 volume %). The results,
presented in Figures 1 to 3, reveal the general trend of increasing gas hold-up with
increasing velocity, increasing pressure and decreasing solids load. However, the
actual gas hold-up values measured are much lower than anticipated by the prior art.
Under all conditions covered here, the gas hold-up was always below about 0.65, which
according to Steynberg et al. (2004) will still be below the onset of phase inversion. In
fact, no hydrodynamic regime transitions were visually observed during any of the

experimental runs

Experiment 2
Mass transfer measurements

Mass transfer measurements were performed in a cold model
experimental set-up comprising a slurry bubble column with an inner diameter of 14 cm
which operated at atmospheric pressure. The liquid employed during the experiments
was a mixture of Cy» and Cys paraffins which, at room temperature, reasonably
approximates the physical properties of the liquid phase in a Fischer-Tropsch slurry
reactor at operating conditions of 200°C to 230°C. The solid phase was alumina
particles, which is a typical support for slurry phase Fischer-Tropsch catalysts. Mass
transfer measurements were performed over a wide range of gas velocities and for
different solids concentrations. The gas velocity is defined as the volumetric flow rate of
gas at the prevailing temperature and pressure condition divided by the cross sectional
area of the column. The procedure was to establish a flow of pure nitrogen, at a certain
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gas velocity, through the column for a time sufficient to ensure that all oxygen was
stripped from the liquid phase. Then, at a specific instant (defined as “time zero” or
abbreviated to t = 0), the nitrogen flow was replaced with an air flow at exactly the same
gas velocity. Two oxygen sensors, placed at certain positions inside the column, then
measured oxygen uptake into the liquid. The data were used to calculate the mass
transfer coefficient at the involved gas velocity and solids concentration. Some results
of this study are presented in Figure 4. Even though an increase in solids up to 20
volume % had a significant negative effect on the value of the volumetric mass transfer
coefficient (k.a), further increases in the solids concentration to 30 volume % had an

almost negligible influence.

When comparing these results to that of Vandu et al. (2005) and Han
(2007), it is immediately apparent that the mass transfer coefficients measured in this
study are appreciably higher than in the case of the prior art studies (see Figures 5 and
6). The discrepancy is especially severe at a combination of high gas velocity and high

solids load (see Figure 6).

The inventors performed further analysis in order to understand and
explain this discrepancy. It was found that Vandu et al. (2005) assumed that, at time
zero (time of the step change in the gas feed, i.e. t = 0), the gas phase concentration
throughout the column was already equal to that of the feed gas entering the column.
This assumption is of course not correct, as it will take time for the gas phase
composition at every point in the column to become equal to that of the feed gas. As a
consequence, the driving force for mass transfer was substantially overestimated in the
prior art studies, yielding values for the mass transfer coefficient that are unrealistically
low. In contrast, the data measured in the current study were processed by taking into
account the dynamic change in gas phase composition throughout the bubble column
after the switch from nitrogen to air, thereby estimating a more accurate value for the
mass transfer driving force and mass transfer coefficient. When the data in the present
study were incorrectly interpreted using the assumptions of Vandu et al. (2005), it was
found that the estimated mass transfer coefficients are largely in agreement with the
results of Vandu et al. (2005) (see Figure 7). This shows that the higher mass transfer
coefficients measured in the current study when compared to the prior art are not due to
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discrepancies in the experimental measurements per se, but rather to a more

appropriate and accurate set of assumptions used for interpreting the data.

From the above analysis it can be concluded that the mass transfer
coefficients in slurry bubble columns are in the order of 50-100% higher than previously
reported by the prior art. This underestimation of the mass transfer coefficient by the
prior art was especially severe for the combination of a high solids load and a high gas
velocity; hence the teaching in the prior art that mass transfer restrictions will not allow
for high volumetric reactor productivities.

Experiment 3
Validation run on a demonstration reactor

The higher gas velocity concept was demonstrated for the Fischer-
Tropsch synthesis in a 0.77 m inner diameter slurry bubble column reactor. The reactor
was operated under recycle in order to maintain the overall synthesis gas conversion at
around 90%. During the demonstration run, which lasted for over a year, the gas inlet
superficial velocity was stepwise increased from about 0.4 m/s to about 0.7 m/s. The
catalyst load inside the reactor was increased concomitantly in order to sustain the
higher reaction rate necessary to achieve the desired conversion.

A platinum-promoted cobalt catalyst on a silica-modified alumina support
was employed for the purposes of the test run. The catalyst was prepared according to
the impregnation method teachings of US 5733839, but using a silica-modified support.
In general, the operation of the reactor was stable and no unexpected deviations from
normal operation were noted. This indicates that the gas hold-up was not excessive, in
agreement with the findings of the foregoing cold model studies, but contrary to

expectations in the prior art

The results of the test run are presented in Table 2 and Figure 8. The first
data point (at an inlet superficial gas velocity of 0.39 m/s) corresponds to the end of the
range illustrated by actual examples in the prior art, e.g. the example provided in
WQO2005/107935. It is clear that the volumetric reactor productivity increases linearly
beyond a gas velocity of 0.4 m/s, contrary to the teachings of the prior art (e.g.
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US6914082) of a decrease in volumetric reactor productivity in the range of 0.4
to 0.6 m/s. This also shows that the gas hold-up was not excessive for the
operation of a slurry bubble column reactor at gas velocities higher than 0.5 m/
S. Moreover, the mass transfer coefficient was evidently sufficiently high to
sustain the high reaction rates required in order to maintain the conversion at the
targeted level, i.e. the reaction system did not become mass transfer controlled.
Since the reactor volume was a constant factor during the course of the test run,
itis clear that the single reactor capacity increased to exactly the same extent as
the productivity per unit volume of reactor, i.e. the reactor production capacity
also increased linearly with gas velocity.

Table 2: Results of demonstration test run

) Hydrocarbon
Solids )
) Overall Production
concentration . .
Gas synthesis | rate per unit
) in degassed | Temperature | Pressure
velocity gas reactor
slurry (°C) (kPa) .
{m/s) conversion | volume
(volume
. (%)
fraction)
(kg/m3 . h)
0.39 0.19 226 2234 90 43
0.46 0.23 226 2238 91 50
0.52 0.25 230 2250 90 56
0.43 0.24 230 2235 89 45
0.54 0.32 228 2243 90 58
0.59 0.36 230 2270 90 64
0.63 0.37 231 2279 89 67
0.66 0.39 231 2284 90 71
0.69 0.41 230 2290 90 75

Referring to Figure 9, reference numeral 10 generally indicates an
installation for Fischer-Tropsch hydrocarbon synthesis.

CA 2838462 2018-07-23
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The installation 10 includes an upright circular cylindrical Fischer-Tropsch
synthesis slurry phase reactor or bubble column 12, with a bottom gaseous reactants
feed inlet 14 leading into a gas distributor (not shown) inside the reactor 12 and a
gaseous components outlet 16 leading from the top of the reactor 12. A liquid phase
product outlet 18 leads from the reactor 12 at any convenient level.

The reactor 12 includes a first downcomer region, generally indicated by
reference numeral 20. The downcomer region 20 includes a downcomer, generally
indicated by reference numeral 22. The downcomer 22 includes a cylindrical transport
section 24 of relatively small diameter, an outwardly flaring connecting component 26 at
an upper end of the transport section 24, and a larger diameter degassing section 28, a
lower end of which is connected to the connecting component 26. An upper end of the
degassing section 28 thus provides an inlet 40 for slurry, while a lower end of the
transport section 24 provides a slurry outlet 42. Cooling pipes 29 are also provided in

the downcomer region 20.

The reactor 12 also includes a second downcomer region, generally
indicated by reference numeral 30. The downcomer region 30 includes a downcomer,
generally indicated by reference numeral 32. The downcomer 32 also includes a
transport section 34 of relatively small diameter, an outwardly flaring connecting
component 36 at an upper end of the transport section 34, and a degassing section 38
of relatively large diameter at an upper end of the transport section 34. A lower end of
the degassing section 38 is thus connected to the connecting component 36. An upper
end of the degassing section 38 provides a slurry inlet, while a lower end of the
transport section 34 provides a slurry outlet. Cooling pipes 39 are also provided in the

downcomer region 30.

The lower end of the downcomer 32 is spaced with vertical clearance from
the upper end of the downcomer 22. Furthermore, the downcomer 32 is not aligned
axially with the downcomer 22. In other words, the downcomer 32 is staggered relative

to the downcomer 22 when the reactor 12 is seen in plan view.

The installation 10 further includes a separation unit 54 in flow

communication with the gaseous components outlet 16 and a compressor 56 in flow
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communication with the separation unit 54. A recycle gas stream line 58 leads from the
compressor 56 to join a reactants feed line 59 going to the feed inlet 14. A liquid
product line 60 leads from the separation unit 54, with a tail gas line 62 establishing flow
communication between the separation unit 54 and the compressor 56. A tail gas
withdrawal line 64 splits off from the tail gas recycle line 58 and a further liquid product
line 61 leads from the liquid phase product outlet 18.

The reactor 12 in use provides a slurry bed zone containing a slurry bed
70 comprising at least 20% by volume of hydrocarbon synthesis supported cobalt
catalyst particles suspended in liquid phase product. The slurry bed 70 has an upper
surface at a normal level 72 above the second downcomer region 30, with a head space

74 being provided above the slurry bed 70.

In use, a gaseous reactants feed or fresh synthesis gas comprising mainly
carbon monoxide and hydrogen as gaseous reactants, is fed into the bottom of the
reactor 12 through the reactants feed line 59 and the gaseous reactants feed inlet 14,
the gas typically being uniformly distributed through a sparger system or grid plate (not
shown) inside the reactor 12. Simultaneously, a recycle gas stream (typically cooled)
comprising typically hydrogen, carbon monoxide, methane and carbon dioxide is
returned to the reactor 12 through the recycle gas stream line 58.

The gaseous reactants, comprising the fresh synthesis gas and the
recycled gas, pass upwardly through the slurry bed 70. As the synthesis gas bubbles
through the slurry bed 70, the gaseous reactants therein react catalytically to form liquid
product, which thus forms part of the slurry bed 70. From time to time, or continuously,
liquid phase comprising liquid product is withdrawn through the liquid phase product
outlet 18 and the liquid product line 61, with catalyst particles being separated from the
liquid product in a suitable internal or external separation system, e.g. using filters (not
shown). If the separation system is located externally to the reactor, an additional
system (not shown) to return the separated catalyst particles to the reactor is then

provided.

The gaseous reactants feed (fresh synthesis feed gas) and the recycled
gas are introduced into the bottom of the reactor 12 at a rate sufficient to agitate and
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suspend all of the catalyst particles in the system without settling. The gas flow rates
will be selected depending on the slurry concentration, catalyst density, suspending
medium density and viscosity, and particular particle size used. However, in
accordance with the invention, the gas flow rates are selected such that the gases pass
upwardly through the slurry bed 70 at an inlet superficial gas velocity of at least 0.5 m/s
in a bottom end region of the reactor 12 where the gas enters the slurry bed 70.

Some slurry continuously passes downwardly through the downcomers
32, 22 thereby to achieve uniform redistribution of catalyst particles within the slurry bed

70, and also to ensure uniform heat distribution throughout the slurry bed 70.

The reactor 12 is operated so that the slurry bed 70 thereof is in a
heterogeneous or churn-turbulent flow regime and comprises a dilute phase consisting
of fast-rising larger voids of gaseous reactants and gaseous product which traverse the
slurry bed 70 virtually in plug flow fashion and a dense phase which comprises liquid
product, solid catalyst particles and entrained smaller voids of gaseous reactants and
gaseous product which are back-mixed.

Boiler water as an indirect heat exchange or heat transfer medium is
circulated through the coolant pipes 29, 39. Heat is transferred from the slurry bed 70

to the boiler water to form a mixture of steam and water.

Light hydrocarbon products, such as a C+g and below fraction is withdrawn
from the reactor 12 through the gaseous components outlet 16 and passed to the
separation unit 54. Typically, the separation unit 54 comprises a series of coolers and a
vapour-liquid separator and may optionally include further coolers and separators, and
possibly also a cold separation unit, for separation of liquid phase light hydrocarbon
products, water and optionally carbon dioxide from the remaining gaseous components.
Other separation technologies such as membrane units, pressure swing adsorption
units and/or units for the selective removal of carbon dioxide and methane may be
employed. The separated gases comprising hydrogen, carbon monoxide and other
gases are compressed and recycled by means of the compressor 56 to provide the
recycle gas stream in the recycle gas stream line 58. A tail gas stream is withdrawn by
means of the tail gas line 64 to prevent build up of inerts in the reactor 12. Condensed
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liquid hydrocarbons and reaction water are withdrawn from the separation unit 54 by
means of the flow line 60 for further working up.

In accordance with a preferred embodiment of the invention, the recycle
gas stream 58 is fed to the slurry bed 70 through the recycle gas stream line 58 and the
inlet 14 at a volumetric ratio of recycle gas stream in line 58 / gaseous reactants feed
coming in through the gaseous reactants feed line 59, of at least 0.4. Thus, the process
10 employs a multi-pass hydrocarbon synthesis stage defined by the reactor 12, making

use of a relatively large recycle ratio.

The reactor vessel 12 is typically maintained at an operating pressure of
between about 10 bar and about 50 bar, more typically between about 20 bar and about
30 bar, and at an operating temperature of between 160°C and 280°C, typically
between about 200°C and 260°C, e.g. between 200°C and 230°C. The operating
pressure and the operating temperature selected may depend on the nature and spread
of gaseous and liquid product required and the type of catalyst used. Naturally, the
reactor vessel 12 is provided with suitable temperature control means, such as the
coolant pipes 29, 39 for controlling the reaction temperatures, as well as suitable

pressure control means such as one or more pressure control valves (not shown).

In the reactor vessel 12, as the synthesis gas passes through the slurry
bed 70, the carbon monoxide and hydrogen react to form a range of products in
accordance with known Fischer-Tropsch reactions. Some of these products are in
gaseous form at the operating conditions of the reactor 12, as mentioned hereinbefore,
and are withdrawn as gaseous components through the gaseous components outlet 16,
as also mentioned hereinbefore. Some of the products produced are in liquid form, e.g.
waxes, at the operating conditions of the reactor 12, and act as the suspension medium

for the catalyst particles, as also mentioned hereinbefore.

Despite the clear prejudice in the prior art, the inventors have surprisingly
found improved productivity per unit volume of reactor when operating a slurry bubble
column reactor with a combination of a high gas inlet superficial velocity, high solids
loading and high pressure. The inventors have also found a substantially higher single
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reactor production capacity at this combination of conditions, than would be expected
based on the teachings of the prior art.
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The embodiments of the present invention for which an exclusive property or
privilege is claimed are defined as follows:

1. A process for producing at least one product from at least one gaseous
reactant, the process including

feeding said at least one gaseous reactant, as a gaseous feed or as part of a
gaseous feed which is at an inlet superficial gas velocity of at least 0.5 m/s but less
than 2.5 m/s, into a vessel holding an expanded slurry bed of solid catalyst particles
suspended in a suspension liquid so that the gaseous reactant can bubble upwardly
through the slurry bed, the slurry bed having a catalyst solids loading of at least 20%
but less than 55% by volume of degassed slurry, the slurry bed operating in a churn-
turbulent flow regime, wherein a volumetric mass transfer coefficient for gas-liquid
transfer is above 0.2/s;

allowing said at least one gaseous reactant to react catalytically at a pressure
above atmospheric pressure as the gaseous reactant bubbles upwardly through the
slurry bed to produce said at least one product, without the reaction becoming mass
transfer controlied; and

withdrawing said at least one product and any unreacted gaseous reactant
from the vessel.

2. The process as claimed in claim 1, in which the gaseous feed includes at
least CO and H:z as gaseous reactants, and in which the gaseous feed is fed into the
slurry bed to produce liquid and gaseous hydrocarbons, with the catalyst being a
hydrocarbon synthesis catalyst.

3. The process as claimed in claim 2, in which the volumetric productivity of the
process is above 1500 kg total hydrocarbons / m? gas expanded slurry bed day.

4, The process as claimed in claim 2 or claim 3, in which the catalyst is a cobalt
catalyst and wherein the process is operated at a synthesis gas per pass conversion
of at least 40 mol%.

5. The process as claimed in any one of claims 1 to 4, in which the catalyst
solids loading is at least 30% by volume of degassed slurry.

6. The process as claimed in claim 5, in which the catalyst solids loading is at
least 35% by volume of degassed slurry.

CA 2838462 2019-09-10
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7. The process as claimed in any one of claims 1 to 6, in which the inlet
superficial gas velocity is at least 0.6 m/s.

8. The process as claimed in claim 7, in which the inlet superficial gas velocity is
at least 0.7 m/s.

9. The process as claimed in claim 8, in which the inlet superficial gas velocity is
at least 0.85 m/s. '

10. The process as claimed in any one of claims 1 to 9, in which the expanded
slurry bed has a height of less than 40m and a diameter of at least 6m.

CA 2838462 2019-09-10



CA 02838462 2013-12-05

WO 2012/168829 PCT/IB2012/052692
1/5
20 volume % solids
0.7
X
1 I
x B0 ag00
0 5 ................................................................................ DﬁAéAO ..............................................
O . o] § a2 o) < ¢ _
o & o © o © ¢ P=1bar(a)
5 [ S —— b, S 0000 ............................................................ a
3 o § 2o Qo ° o P=2bar(a)
I 03 ﬁm ........ 4 20 rrrrrrrr e a P=5bar(a)
g %5 0 P=gbar(a)
Q) O T ..
' o] X P=11bar(a)
T e
0 T T T T T
0 0.2 0.4 0.6 0.8 1 1.2
Superficial Gas Velocity (m/s)
Figure 1
30 volume % solids
0.7
ettt x XX
0.6 M 2|
- 05 'm """" ﬁ """" AAOO """" O remrrrrrrrersnnnmneees
< g e /: 600 o o ¢ P=1bar(a)
3 0.4 é """" - /A S o S o P=2bar(a)
T 03 4o XEA o<><><><><> ..................................................... a P=5bar(a)
n
& x B 08009 0 P=8bar(a)
02 e ——— Aoo ............................................................................................................ :
Y. 03 x P=11bar(a)
o
e
O T T T T T
0 0.2 0.4 0.6 0.8 1 1.2

Superficial Gas Velocity (m/s)
Figure 2



CA 02838462 2013-12-05

WO 2012/168829 PCT/IB2012/052692
2/5
40 volume % solids
0.7
LB - —
x 83 W e
—_ O T R TTN ﬁmﬁlilgocmc) ......................... ( )
o A ¢ P=1bar(a
5 0.4 A ﬁ%&éo ........... oooo ....................................... ° P=2bar(a)
[e) ﬁ § o ° o o O _
T 0.3 g Bl o D OSSOSO a P=5bar(a)
2] X o ©
© @ ° o 0O P=8bar(a)
O O D A gl Lo J SR
' ® o ° X P=11bar(a)
o
0.1 4B e
A
O T T T T T
0.2 0.4 0.6 0.8 1 1.2
Superficial Gas Velocity (m/s)
Figure 3
0.7
< nosaolids
06 w  Zovol% solids
& 20-vwol5% solids
o A0-wol% solids
0.5
- 04
L
w0
=2 03
0.2
0.1
I:I I I I
0.2 ! 06

superficial gas velocity (mfs)

Figure 4

0.3



CA 02838462 2013-12-05

WO 2012/168829 PCT/IB2012/052692
3/5
05
. .
04 - o e T e EERRERCEEEELTEEEEEEES
»
4 *
FE 0.3 """"""""""" L {5} """ <'> """"""""
© d . o o
z£ 02 - L SR o P OOQ """"""""""""""""
o P 0" & Vandu et al. (2005)
L a Han (2007) '
0 ° ® Sasol in-house
0 0.2 0.4 0.6 0.8
superficial gas velocity (m/s)
Figure 5
0.4
]
.

0.3 e e
. . o
E 02 """"""" ¥ _Ei """""" {5""'{; """"""" OQ """"""""
- b O © o o O L

o <
01 4------- S ERTTEEEERERRERER < Vandu et al. (2005) 20%
-~ o Han (2007) 25%
0 - # Sasol in-house 20%
0 0.2 04 0.6 0.8 1

superficial gas velocity (m/s)

Figure 6




CA 02838462 2013-12-05

WO 2012/168829 PCT/IB2012/052692
4/5
05
* .
1 T o« o T B
* 9
o
FA 0.3 S e
e . o ©
© & Y .
£ 02 - S — f} .0’020 """""""""""""
3 s A ¢Wandu et al. (2005) C3TR - cg=cg,in
01 4 D bbb #5as0l in-house CETR - cg=eg,in
© # Sasal in-house, ADM - cg=cq(t)
0 I I T I
0 0.2 04 0.6 08
superficial gas velocity (m/s)
Figure 7
80
c g &
N
e S 0 e
55
5 > 60 e
- \
090 50 £
= "5 . N
=& 40 &
c o &
g 2 5 30 .
G S X
58
> 0 0 '
I k= 0
} =
0 0.2 0.4 0.6 0.8
Gas inlet superficial velocity {m/s)}

Figure 8



CA 02838462 2013-12-05

PCT/1IB2012/052692

WO 2012/168829

5/5

e

Yrrd
st
e Lo
&2 oo £
. o~ foves ) B 543 Foo9s) o L8 4 k i
el m‘m £p §e FAd] 4 i S 4 y - M‘Ju %)
T S TN % : ¢ ¥ ﬂ g
5 | Yok s 1 | ! £ MM o
el 5 17 ] - 3 b k 33
i/ Yo i ! ff g 1 LE3
/ N ) Hm foey “‘ Y f \
| ] N . e ] /
w\}L /W e ; H ..nu i
4 L T Attt ietasinsesssesisssss T S N e £t % 5,
i P =
; } i /
5 ] / L 3]
1y ¢ fronnrmnmnnans s
Y iz
53 2
4 od
.
/ o ;
/ - H
¢ .N {
o (2] e
%3 o 1
;
e
LEA]






	Page 1 - COVER_PAGE
	Page 2 - COVER_PAGE
	Page 3 - ABSTRACT
	Page 4 - ABSTRACT
	Page 5 - DESCRIPTION
	Page 6 - DESCRIPTION
	Page 7 - DESCRIPTION
	Page 8 - DESCRIPTION
	Page 9 - DESCRIPTION
	Page 10 - DESCRIPTION
	Page 11 - DESCRIPTION
	Page 12 - DESCRIPTION
	Page 13 - DESCRIPTION
	Page 14 - DESCRIPTION
	Page 15 - DESCRIPTION
	Page 16 - DESCRIPTION
	Page 17 - DESCRIPTION
	Page 18 - DESCRIPTION
	Page 19 - DESCRIPTION
	Page 20 - DESCRIPTION
	Page 21 - DESCRIPTION
	Page 22 - DESCRIPTION
	Page 23 - DESCRIPTION
	Page 24 - DESCRIPTION
	Page 25 - DESCRIPTION
	Page 26 - DESCRIPTION
	Page 27 - DESCRIPTION
	Page 28 - DESCRIPTION
	Page 29 - DESCRIPTION
	Page 30 - CLAIMS
	Page 31 - CLAIMS
	Page 32 - DRAWINGS
	Page 33 - DRAWINGS
	Page 34 - DRAWINGS
	Page 35 - DRAWINGS
	Page 36 - DRAWINGS
	Page 37 - REPRESENTATIVE_DRAWING

